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Summary

The RELAP-7 code is the next generation nuclear reactor system safety analysis code being
developed at the Idaho National Laboratory (INL). The code is based on the INL’s mod-
ern scientific software development framework, MOOSE (Multi-Physics Object Oriented
Simulation Environment). The overall design goal of RELAP-7 is to take advantage of the
previous thirty years of advancements in computer architecture, software design, numerical
integration methods, and physical models. The end result will be a reactor systems anal-
ysis capability that retains and improves upon RELAPS’s and TRACE’s capabilities and
extends their analysis capabilities for all reactor system simulation scenarios.

The RELAP-7 code utilizes the well-posed 7-equation two-phase flow model for com-
pressible two-phase flow. Topological closure models used in the TRACE code have been
reviewed and selected to reflect the progress made during the past decades and provide a
basis for the closure correlations implemented in the RELAP-7 code. This document pro-
vides a summary on the closure correlations that are currently implemented in the RELAP-7
code. The closure correlations include sub-grid models that describe interactions between
the fluids and the flow channel, and interactions between the two phases.



1 Introduction

The RELAP-7 (Reactor Excursion and Leak Analysis Program) code is the next generation
nuclear reactor system safety analysis code being developed at Idaho National Laboratory
(INL). The code is based on the INL’s modern scientific software development framework
MOOSE (Multi-Physics Object Oriented Simulation Environment) [1]. The overall design
goal of RELAP-7 is to take advantage of the previous thirty years of advancements in com-
puter architecture, software design, numerical integration methods, and physical models.
The end result will be a reactor systems analysis capability that retains, and improves upon,
RELAPS’s [2] and TRACE's [3] abilities and extends the analysis capability for all reactor
system simulation scenarios.

This document presents the topological closure correlations (those are dependent upon
the two-phase flow topology) required to close the two-phase flow equation system. These
include sub-grid models for interactions between the fluid and the flow channel (wall
drag and wall heat transfer), and the interactions between the two phases (interfacial drag
and heat/mass transfer). Some numerical treatments on code implementation will also be
given.



2 Seven-Equation Two-Phase Flow Model

In this section, the one-dimensional seven-equation two-phase flow model is recalled first.
In the seven-equation model, a set of balance equations for mass, momentum, and total en-
ergy are formulated for each of the two phases. An additional dynamic equation on volume
fraction of the liquid phase is formulated to consider the evolution of volume fraction due
to interactions between the two phases. To summarize, the one-dimensional seven-equation
two-phase flow model is described in the following equations:

80411- A 8Qli
6tq + uintAa—xq - Au(pliq - pvap) (1)
. F;?qt%vapAmtA . Pﬁgivapphf
Pint Pint
d(ap),, A 0(apu),, A A
6tl . + axl . - _F;Z]tﬁvapAintA - F;li]gzvapphf (2)

9 (apu)liq A n OayigA (pu® + p)liq Doy 0A

= PintA iqQiq
ot ox Pint ox + Prigiq ox

+ AN (Uyap — Utig)

- Fint AintuintA

lig—vap
- F;ggivapuintphf
— L'wall friction,lig — F friction,vap
+ (ap)liq Ag ’ ﬁaxis (3)
O (apE),, A OaiguigA (pE + p),; Doy
iq iq Wliq lig lig —
+ - znuznA—_ znA iq — Pva
T pe PintUintA~5 = = Dint At(Pliq = Poap)

+ aintA)\(uvap - uliq)

j Pint
+ F;J’Z]t—)vapA’int (ﬂ - Hliq,int) A

int

o Pwall Hliq th

lig—vap
+ Qintiig + Quoali tiq )
+ (apu)liq Ag - Mayis &)

for the liquid phase, and
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a (apE)va A aav“pu”apA (pE + p)va aava _
8t P -+ 8!17 P = pintuintAWp - pintAﬁL(pvap - pliq)

+ amtA/\<uliq - uvap)
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Pint
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for the vapor phase. More details on this set of equations can be found in the RELAP-7
theory manual [4]. To fully close this equation system, equations of state are needed to ob-
tain the thermodynamic properties of steam (vapor) and water (liquid), as are constitutive
transport properties. Additional closure correlations are required to model the interactions
between the fluid to flow channel (e.g., wall friction and wall boiling), and the interactions
between the two phases (e.g., interfacial friction and heat/mass transfer). These closure
relations are sometimes called fopological closure relations because they are strongly de-
pendent upon the topology of the two-phase flow field; it is these closure correlations that
are given in the remainder of this report. For RELAP-7 code development, the closure
correlations from the TRACE system analysis code [3] will be used (to the extent that
they conform to needs of the seven-equation two-phase model) for their wide coverage of
thermal-hydraulics conditions of interest in reactor safety analysis. The following sections
give detailed descriptions on the closure correlations implemented in the RELAP-7 code,
including wall drag, interfacial drag, interfacial heat/mass transfer, and wall heat transfer.
Unless explicitly stated otherwise, the original source for each closure correlation is the
TRACE theory manual [3].
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3 Wall Drag

In this section, the wall friction model will be discussed for both the single-phase and two-
phase flow conditions. The single-phase flow condition will be discussed first, followed
with the two-phase flow correlations, which rely on the single-phase wall friction model.
The two-phase flow wall friction model will be discussed for both the pre-CHF and post-
CHF flow conditions, and also for a special horizontal stratified flow condition. Transition
between flow regimes will also be discussed.

3.1 Single-Phase Flow

For single-phase flow, the wall friction term is modeled as

Fwall friction — wall|UIUA y (10)

where u is the velocity, and C,,; is the wall drag coefficient. Following the TRACE
code [3], the wall drag coefficient is modeled as

2p
Cwa = Jwall 75~ 11
1= fuwan D, (1)

where fy,qu is the Fanning friction factor!, and D}, is the hydraulic diameter. As suggested
in the TRACE code [3], the Churchill formula is used to calculate the wall friction factor
for single-phase flow:

1/12
8\ " 1
wall = 2 e 7 I\3/9 ) 12
Fua (Re) " (a+b)3/2] (12)
where
16
1
a=<24751n : (13)
0.9 .
()" +027 (55 )
and 16
b:<3.753><10 ) ’ (14)
Re

with e being the surface roughness.

The Reynolds number is computed as
D
Re = max (p\u! h, 10) , (15)
I

where 1 is the dynamic viscosity, and a lower limit of 10 is imposed.

"Note that the Fanning friction factor is equal to 1/4 times the Darcy-Weisbach friction factor.
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3.2 Two-Phase Flow: Pre-CHF Flow Regimes

For two-phase flow regimes, the two-phase multiplier concept is used to determine the
two-phase flow wall drag. By comparing the 7-equation model presented in the previous
chapter and the traditional 6-equation two-fluid model used in the TRACE code, it can be
observed that

Fwall friction,liq — Acwall,liquliq‘uliq’ (16)

and
Fwall friction,vap — Acwall,vapuvap|uvap| ’ (17)

where Ca11.1ig and Clya11,0ap are the phasic wall drag coefficients used in the TRACE code,
A is the pipe cross-sectional area, and w;;, and wu,,, are the phasic velocities. For pre-CHF
two-phase flow regimes, wall drag coefficients are modeled in bubbly/slug and annular/mist
flow regimes. For all pre-CHF two-phase flow regimes, it is assumed that all of the wall
drag is applied to the liquid phase alone.

3.2.1 Bubbly/Slug Flow Regime

When wall nucleate boiling effect is not considered, the liquid phase wall drag coefficient
is modeled as

2pliq
Dy’

with fia .14 calculated from the Churchill formula using the liquid phase Reynolds num-

ber:

Cwall,liq = fwall,liq (18)

(1 — awwap) prig|tiiq| D
Hiig
to consider the two-phase flow vapor volume fraction effect. When nucleate boiling effect

is considered, following the TRACE code [3], a correction factor is introduced, and the
wall drag coefficient is then modeled as

Re2<b,liq = (19)

2pliq

Cuwall lig = fwall,liqD_<1 + CnB)?, (20)
h
where the empirical coefficient C'y g is given as
o d_B _ 0.62
Cyp = ming 2, 155D [Qpap(l — Qyap)] ; (21)
h
where
dB g 0-5
— =0.015 22
o (%) 22)



and
_ fwall,liq 2 (23)

2 pliquliq :

Tw

The gas phase wall drag is assumed to be zero: Cygii yap = 0.

3.2.2 Annular/Mist Flow Regime

Similar to the TRACE code [3], in the annular/mist flow regime, if the channel surface is
considered to be fully covered by liquid film, the wall drag coefficient for the liquid phase
1s modeled as

2pliq

Cwa iq — ilm ™3~ 24
wiiq = fri D, 24)

where ff,,, is the friction factor for the annular flow regime and is given by a power law
combination of the laminar and turbulent values:

ffilm = (flim + ft?;wb)l/s ' (25)

Here the friction factor for the laminar regime is modeled as

Re;f o Qyap < 0.95
16+é ayap—0.95
fram = 4 | é;;;glfm I 0.95 < Ctpap < 0.99 - (26)
stq
R Qyap > 0.99

The linear interpolation between vapor volume fraction 0.95 and 0.99 reflects the transition
between pipe geometry correlation and parallel plate geometry, which is more appropriate
for thinner film with void fraction larger than 0.99. The friction factor for the turbulent
regime is modeled as

o —- 27
{3.6 log,q {Regf,uq * (E?(_I?) } }

In these correlations, Ress 144 1s calculated using equation (19). The vapor phase wall drag
is assumed to be zero, i.e., Cyqirvap = 0, if the channel surface is fully covered by liquid
film.

When the channel surface is considered to be partially covered by liquid film, taken as
the condition wherein liquid film is present with thickness smaller than 25 pm, the wall
drag coefficient for the liquid phase is modeled as

2pliq
Dy’

Cwall,liq = fwetffilm (28)
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where
(1 — avap)Dh

Juer = 4(25 x 109)

(29)

In this case, the vapor phase wall drag coefficient is no longer zero and is modeled as

2 va,
Owall,vap - (1 - fwet)fQ@,vap% ) (30)
h
with fog 44, denoting the vapor phase friction factor, which is computed with the Churchill
formula with the vapor phase Reynolds number

QXyapPvap |uvap | Dh
Hvap

€19

R62<I>,Uap =

3.2.3 Transition between Bubbly/Slug and Annular/Mist Flow Regimes

Following the TRACE code [3], a smooth transition from the bubbly/slug flow regime to
the annular/mist flow regime is used. The transition is assumed to occur between vapor
volume fractions of 0.8 and 0.9; here, the liquid phase wall drag coefficient is modeled as

Owall,liq = waSOwall,liq,BS + (1 - waS)Cwall,liq,AM ) (32)
where the weight factor is defined as

0.9 — ayap

—_—. 33
0.9-038 (33)

wfps =

3.2.4 Horizontal Stratified Flow

For horizontal stratified flow condition, both phases are in contact with the channel wall, so
the wall drag coefficient is modeled separately for each phase. At first, for phase k = {lig,
vap}, the the wall frictional factor is calculated from the Churchill formula with the phasic
Reynolds number, Rey, which is defined as

D
Rey :zfﬁfﬂi_le7 (34)

Mok

with Dy, ;, being the phasic hydraulic diameter. Following the definition used in TRACE [3],
the two phasic hydraulic diameters are defined as

4Aliq . 4Aah-q

’ q
Sliq Sliq

(35)
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and

4A 4Ax
D vy = vap _ vap . 36
fap S'Uap + Sint Svap + Sint ( )
As shown in Figure 1, Sjq, Syqep, and S;,; can be obtained as
Stiqg = DO, (37
Spap = D(m —0), (38)
and
Sint = Dsinf , 39)

where 6 is in radians and is computed as

0 =cos! (%/;h) =cos ! (1 — %> . (40)

The depth of the liquid phase, h, can be obtained as a curve-fitting function for round pipe
as

1 — 7.06126680vy4y Qpap < 0.001
h ) 10— alazé?, — A0y — agozfmp 0.001 < aep < 0.5 41
D ) byl + bacuig + b3, 0.5 < Qyap < 0.999 @b
7.0612668a;, Qyap > 0.999

where a; = 0.70269591, as = 0.034146667, as = 0.161023911, by = 0.70269591, by =
0.034146667, and b = 0.161023911.

Figure 1. Schematic drawing of the horizontal stratified flow.
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Then, considering the wetted perimeter for each phase, the wall drag coefficients are
modeled as

2py, Pk Sk
Cwa = Jwa = Jwallk—5 7 » 42
e = f ll,chh’wet fwall k 5 A (42)
where 1A
Dy yer = — . 43
hwet = g (43)
That is,
Plig Sliq 2pliq 0
wall,lig — Jwall,lig—x —x — Jwall,ligT 71— > 44
Cuwalilig = f. Wiia = 4 fuwall iiq D - (44)
and
Puap Ovap 2pvap (T — 0)

Cwall,vap - fwall,vapT A - fwall,vapT (45)

T
It must be noted that all previous derivations are based on a round pipe assumption.

3.2.5 Transition between Horizontal Stratified and Non-Stratified Flow

If the flow regime is considered to be in transition between stratified and non-stratified
condition, a linear interpolation is used:

Cwall,k = wfstratcwall,k,stTat + (1 - wfstrat)Cwall,k,non—strat ) (46)

where Cyain i strat A0 Cuyqil g non—strar are wall drag coefficients for stratified and non-
stratified conditions, respectively. Following the TRACE manual [3], the weighting factor,
W fsirat, 18 determined from several factors:

wfstrat - waDwaWwaCFL ) (47)

where w f7p is the weighting factor for the Taitel-Dukler transition from stratified flow
condition, w fo is the weighting factor for mass flux, and w focopy is the weighting factor
for counter-current flow limit.

The weighting factor for the Taitel-Dukler transition from stratified flow condition,
w frp, is defined as

w frp = max [0, min (1, 9 M)] , (48)
Uy, crit
with ©, = e, — W, and
m\ [gA Avap 1
Up erit = (1 _ _l) [Lw?’] 7 (49)
D) | pg(dAi/dh)
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where ¢ is the pipe inclination angle (for example, ¢ = 0 for horizontal pipe and 7 /2 for
vertical pipe), and (dA;/dh;) is the derivative of liquid flow area with respect to height,
which is obtained as

1/2

dA, 2h, 2
—_— = Dl1l—|— -1 . 1D 3 .
T = max [ ( 5 ) ] .0.000 (50)

As in the TRACE manual [3], the weighting factor for mass flux, w foy, is calculated

w fow = max {O, min (1 M)] , (&30

as

72700 — 2000

where (' is the total mass flux of the two-phase mixture.

Again as in the TRACE manual [3], the weighting factor for counter-current flow limit,
w foorr, 1s calculated as

1.2 -0.65

12— (ji) " — (J'Zi-q)l/2>] (52)

w foorpr, = max [O, min (1,

with the non-dimensional superficial phasic velocities defined as

Pk 2
it = il ( ) | 53)

Here the superficial phasic velocity is defined by jr = ayuy.

This concludes the wall drag model for two-phase flow for pre-CHF flow regimes,
including bubbly/slug, annular/mist, transition between bubbly/slug and annular/mist, hor-
izontal stratified flow, and transition between horizontal stratified and non-stratified flow
conditions.

3.3 Two-Phase Flow: Post-CHF Flow Regimes

For post-CHF conditions, wall drag is modeled for two flow regimes, i.e., the inverted
annular and dispersed flow regimes. A linear interpolation is used in the transitional region
between these two regimes.

3.3.1 Inverted Annular Flow

The inverted annular flow regime is applied for vapor volume fraction less than 0.6 under
the post-CHF conditions. In this regime, it is assumed that only the vapor phase is in

18



contact with the wall, and the wall-to-liquid drag is zero, which leads to C,; = 0. For the
wall drag to the vapor phase, a similar two-phase multiplier concept is used. The wall drag
coefficient for the vapor phase is modeled as

2f2<1>,vapagappvap
Dy, '

2
Owall,vap - (I)Uap

(54)

By analogy with annular flow, the two-phase multiplier for the inverted annular flow is

1
= (55)
avap
so the wall coefficient is )
Cwall,vap = f2¢,vap% . (56)
h

Here, the friction factor fog .4, is the Fanning friction factor calculated from the Churchill
formula, Equation (12), with

Re?@,vap == |Gvap|Dh — avappvap|uvap|Dh .

(57)

Hoap Hoap

3.3.2 Dispersed Flow

The dispersed flow regime is applied for vapor volume fraction larger than 0.9 under the
post-CHF conditions. The wall drag coefficient for the dispersed flow regime is modeled
as

2puva
Cwall,vap = fpg th s (58)
where f,, is the effective friction fraction for dilute suspensions:
fog = Fwaltwap [1 + min(12, LF)]** . (59)
In this equation, LF is the loading factor that is calculated as
1— va; % %
LF = ( o P)pl qUliq . (60)

AyapPvapUvap

The vapor phase wall friction factor, fyqi1vap, 15 calculated from the Churchill formula,
Equation (12), similar to the inverted annular flow condition.
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3.3.3 Transition between Inverted Annular and Dispersed Flow

Under post-CHF flow conditions, when the vapor volume fraction is between 0.6 and 0.9,
a linear interpolation method is used. A dispersed flow weighting factor is first defined as

Qyap — 0.6

= — 61
wfpr 09—06" (61)
and then the wall drag coefficient for this transitional region is interpolated as
Cwall,vap - (1 - waF) C’wall,vap,IA + waFCwall,Uap,DF ) (62)

where the subscripts /A and DF represent inverted annular flow and dispersed flow con-
ditions, respectively.

20



4 Interfacial Drag
By comparing the 7-equation model presented in Section 2 and the 6-equation two-fluid
model used in the TRACE code [3], it can be found that
Ffrictz’cm,vap - _Ffriction,lz'q - ACZU7|UT‘ ) (63)

where A is the pipe cross-sectional area, C; is the interfacial drag coefficient, and u, is the
relative velocity between the two phases:

Uy = Uypap — Uliq - (64)

All correlations discussed in this section closely follow those used in the TRACE code [3].

4.1 Pre-CHF Flow Regimes

For pre-CHF regimes in vertical pipes/bundles, interfacial drag is modeled in three major
regimes: bubbly, cap/slug, and annular/mist. The bubbly and slug flow regimes are grouped
together using a similar approach that is based on the drift-flux model concept.

4.1.1 Bubbly/Slug Flow

For the combined bubbly/slug flow regime, the interfacial drag coefficient, C;, is modeled

as 5
Qpap(1 — Qyap) QAPP

@2

(65)

Cips =
97

where the subscript B.S stands for the combined bubbly and slug flow regimes, Pgs is the
profile slip factor, 9y; is the weighted area-average value of the drift velocity, and Ap is the
density difference between the two phases: Ap = pig — Puap-

The profile slip factor is calculated as

1_a1)ap

2
<1700a'uap uvap _ Coul1q>
P, = 5 : (66)
ur
In code implementation, a small value, 1078, is added into the denominator. The distribu-
tion coefficient, Cj, and the weighted area-average value of the drift velocity, U,;, are both
dependent on flow regime and will be discussed for each.
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4.1.1.1 Pipe Geometry

If a pipe flow condition is concerned, the two drift flux model related parameters vy; and
C) are modeled separately in both the dispersed bubbly flow and cap/slug flow conditions.
If the flow channel is of rod bundle type, models for these two parameters are discussed
later in this section.

For the dispersed bubbly flow regime in a pipe, these two parameters are modeled as

1/4
(505) s = V2 <"“"Ap> (67)

2
Pliq

Copp = 1.2 0.2, [P (68)
Pliq

where o is the surface tension of the interface, and subscript D B represents the dispersed
bubbly flow regime.

and

For the cap/slug flow regime, the distribution coefficient, C, is modeled the same as
in the dispersed bubbly flow regime: Cycs = Coppp. The subscript C'S represents the
cap/slug flow regime. For the cap/slug flow regime, the weighted drift velocity is given by

A 1/4
= Y
(Ugj)cs = U:;rj ( 3 ) ) (69)
loliq
where the non-dimensional drift velocity is modeled as
—0.157
v,; = 0.0019 (min[30, D;])*** (u> N, o6z, (70)
Pliq ’
Here, the non-dimensional hydraulic diameter is given as
D
D = (71)

_o_
gAp

and the liquid viscosity number is defined as
Hiig

12 °
(pliqa ﬁ)

The quantity /ﬁ is a capillary number, Ca, which will recur subsequently, so for conve-

Nyjig = (72)

nience, this definition shall be made:

o
Ca=,/—.
\/;
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A transition region is added between the dispersed bubbly and cap/slug flow regimes.

In this transition region, a simple linear interpolation is used to model the weighted drift
velocity:

Ugj = wfpB (Vgj) pp + (1 = wfpB) (Ugj) s - (73)

The weighted drift velocity (v,;),,5 and (0,;),4 are calculated from Equations (67) and
(69), respectively. The linear interpolation coefficient w fpp is calculated as

Qyap,cS — Aypap

wfpp = ) (74)
QXyap,0S — Qyap,DB
where T T
Qyap.pp = 0.2 min {1, %1 : (75)
and
Qyap,0'S = Ayap,DB +0.1 s (76)

with Ty = Tipyy.

4.1.1.2 Rod Bundle Geometry

For rod bundle geometry, the Bestion model is recommended in the TRACE code [3] to

calculate v,;, which is
Ug; = 0.1884/9gApDy,/ puap - (77)

The distribution parameter, C, for rod bundle geometry is simply set to be 1.

4.1.2 Annular/Mist Flow

For the annular/mist flow regime, the interfacial drag comes from two parts: the interfacial
drag between the liquid film and the vapor core, and the interfacial drag between the liquid
droplets and the vapor core.

Considering the velocity difference between the liquid film and the liquid droplets en-
trained in the vapor core, and following the TRACE code [3], the overall interfacial drag
coefficient for the annular/mist flow regime is modeled as
Uz g

Ciamt = Ci fitm + Ci,dTopm ;
vap — Wliq

(78)
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where C; fim and Cj 4,4, are the interfacial drag coefficients for the liquid film and droplets,
respectively, and u, 4 is the droplet relative velocity. In code implementation, the magnitude
Of Uyap — i, is defined to be larger than 107° m/s. The interfacial drag coefficient for the
liquid film part is modeled as

1
Ci,film - fi,fz'lm Z,filmipvap . (79)

Here, the specific interfacial area (interfacial area per unit volume) is computed from

4
A;/,/lem = D_h\/ Qyap 5 (80)
and the friction factor for the liquid film is approximated by

figitm = 0.005[1 4+ 75(1 — vyqp)] - (81)

For the interfacial drag between the liquid droplets and the vapor core, the fraction of
the liquid flow that is entrained as droplets in the vapor core must be estimated first. For
small diameter pipes (D}, < 3.2 cm), the entrainment fraction is modeled as

Ey = tanh [7.25 x 107" We,2> min(6400, Re;)**°] , (82)

vap

where the liquid film Reynolds number is defined as

1- va; iq Wi D
Rey = L= Qoo it Dh. (83)
Hiig
and the effective Weber number for entrainment is defined as
pvapjgapDh ( Ap > 1/3

g

Weyp = (84)

Pvap

with j,,, being the superficial velocity of the vapor phase. The superficial phasic velocities,
or phasic volumetric fluxes, are defined to be

Jk = Qpuy,
for k = {liq, vap}.

For large diameter pipes, (Dy, > 3.2 cm), the entrained fraction is modeled as

2
E. = 0.015 + 0.44log;, [0.9245 ( 2 ) ] , (85)

T2 crit

where s is the non-dimensional vapor velocity that is defined as

Ty = JvapHvap [ Pvap : (86)
g Pliq
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and 7 pir = 2.46 X 10~* is the inception criteria for liquid droplet entrainment. In code
implementation, the value of 0.9245 (72 /7 ¢i;)” is limited to be larger than 10~1°, and the
final value of entrained fraction, F., is limited to be larger or equal to zero.

Following the TRACE code [3], the interfacial drag coefficient for the droplets is mod-
eled as

1
Cz’,dmp - CDAgl§pvap (87)
3.0y
=Cp pvap4—dd ) (88)

where .. is the volume fraction of the annular core region (containing vapor and droplets),
and «y 1s the fraction of the annular core occupied by the droplets alone. For this equation,
the following relation for the projected area of droplets per unit mixture volume was used:

Al = g—(la_”“gj; o (89)
The drop drag coefficient is modeled as
Cp= 4 (14 0.1Rey™) , (90)
Rey
with the drop Reynolds number defined as
Rey — Pvap\ump - ud’dd ‘ ©1)

s
Here, d; is the droplet Sauter mean diameter (discussed later), and the mixture viscosity is
given by

/"L’UCL
Hm = m . 92)

The fraction of the annular vapor core occupied by the droplets is approximated by

g = By (93)

[Joan

To avoid numerical issues, in code implementation, the denominator is modified to |j,qp| +
1075, The value of «y is also limited by

0% S Ejoo(1 - avap) ) (94)

where again, j;;, and j,,, are the superficial velocities of the two phases. The Sauter mean
diameter is modeled as

o 2/3 -1/3
dy = 0.008 (—2> Re2/? <“ ”“p) (p ““p) , (95)
pvapj'uap /J/llq pqu
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where the gas Reynolds number is defined as

va 'U(l D
Reyap = M ’ (96)

Hvap

In addition, the Sauter mean diameter is limited to be
84pum < dyg < 4mm . 97)

The drop relative velocity, t, g = Uy — Uq, 1s modeled as

1/2
1718\/d_d [iTAag} (1 - Oéd)lf) dd < dd,Newton
1/4
\/§ [&AP} (1 — Oéd)l'E) dd > dd,Newton

2
Pvap

dy Newton = 0.678, | —2— = 0.678Ca. (99)
gAp

When u,. 4 1s used to calculate droplet Reynolds number, its value is also defined to be larger
than 10~%m/s to avoid a zero-valued Reynolds number that causes numerical issues when
evaluating the drop drag coefficient, Cp.

: (98)

Uy, d =

with

4.1.3 Mixing of Bubbly/Slug and Annular/Mist Flows

Finally, in order to avoid a discontinuous change of the interfacial drag coefficient between
the combined bubbly/slug flow regime and the annular/mist flow regime, the interfacial
coefficient is averaged using a simple power law weighting scheme:

Cr = \/C2ps + C2anr, (100)

where the subscripts B.S and AM stand for bubbly/slug and annular/mist flow conditions,
respectively.

4.1.4 Horizontal Stratified Flow

For horizontal stratified flow conditions, similar to the TRACE code [3], the interfacial drag
coefficient is given as

1 1"
Ci,strat = §pvapfiAi . (101)
The interfacial area per unit volume is defined as
" S'Lnt
A =— 102
=0 (102)
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with S;,,; defined the same as in Equation (39). Following the TRACE code [3], the inter-
facial friction factor is given as

fi = 1'84fu)all,vapa (103)

where fiq104p 1 the single-phase wall drag friction factor for the gas phase. Its value is
evaluated using the Churchill formula with the gas phase Reynolds number,

va va D va,
Reyq, = Loartvar=hvap (104)

)
Hvap

where the gas phase hydraulic diameter Dy, ., is calculated using Equation (36).

4.1.5 Transition between Horizontal Stratified and Non-Stratified Flow

If the flow regime is considered to be in a transition between stratified and non-stratified
condition, a power law based interpolation is used:

c,=cr, Ccl-n (105)

1,8trat ~ i,non—strat ’

where subscripts strat and non — strat stand for stratified flow and non-stratified flow
conditions, respectively. The exponent, n, is set to w f..;, definded in Equation (47).

This concludes the interfacial drag model in flow channels for pre-CHF flow condi-
tions, including bubbly/slug, annular/mist, horizontal stratified flow, and transitions be-
tween these flow regimes.

4.2 Post-CHF Flow Regimes

The post-CHF regimes are defined when the surface temperature exceeds the Leidenfrost
point, where the liquid phase cannot contact the hot surface. Similar to the TRACE
code [3], the post-CHF regimes take place between the bottom quench front and the top
quench front. The post-CHF flow regimes include inverted annular, inverted slug, and
dispersed flow regimes. Similar to the TRACE code [3], the post-CHF flow regimes are
simply void-fraction-dependent, Figure 2.

4.2.1 Inverted Annular Flow

For the inverted annular regime that is defined with void fraction below 0.6, the interfacial

drag coefficient is given by
1

CwAzimwﬂmA?, (106)
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Figure 2. Post-CHF flow regime map [3].

where the subscript /A represents inverted annular flow condition. A}’ is the interfacial
area per unit volume and f; ;4 is the interfacial friction factor. Assuming the liquid core is
circular, the interfacial area per unit volume can be calculated as

11— va
A = 4—VDO”’ . (107)
h

The interfacial friction factor, f; ;4, is calculated as a power-law-averaged value of both the
smooth and wavy interface conditions:

file = \/fz%smooth + fz%wavy ) (108)

where f; smootn 18 for the laminar flow with a smooth interface, and f; 4.y 1S for the case

with a way interface:
144

fi,smooth = (57)3 > (109)
5 0.72
fi,wavy =0.35 (L_a) . (110)
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The vapor film thickness is calculated as

D
5:7"(1—\/1—%,9) (111)
for tube geometry, and
s=2nl |1y EAY 1 -1 (112)
2 Goap | 7 D,

for rod bundle geometry. The non-dimensional vapor film thickness for evaluating the
smooth interface interfacial friction factor is

AN 173
5 =6 (M) . (113)

2
:Uvap

g
La=,/——. (114)
gAp

The Laplace number is given by

4.2.2 Inverted Slug Flow

For the inverted slug regime, the interfacial drag coefficient is given by

_ 1 Puap 1- Qyap
24 La  alB

vap

Cirs : (115)

following the recommendation made in the TRACE manual [3] that the coeffcient has been
adjusted to better match FLECHT-SEASET high flooding rate reflood data.

4.2.3 Dispersed Flow

For the post-CHF dispersed flow regime, the interfacial drag coefficient is given by

1
Ci,DF = _pvapCD,MPAZ/a (116)

2
where Cp j/p is the drag coefficient corrected from multi-particle effects and AZ’ is the
projected area per unit volume. The projected area per unit volume is calculated from the
droplet Sauter mean diameter by

6(1 — cvpap)

A/// —
b Addsnr

(117)
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The Sauter mean diameter is estimated as about one-third of the maximum droplet diame-

ter: 1
dsy = gdmax. (118)

The maximum droplet diamter is modeled differently for downflow and upflow conditions.
For downflow condition, the maximum droplet diameter is estimated as

Amaz down = min [3.52La, Dy] . (119)
For upflow condition, the maximum droplet diameter is estimated as
18
R ——— [5.07LaN3;76, — dmax’dewn} . (120)
pvap]vap
The multi-particle drag coefficient can be obtained from the single-particle model:
C
Coap = =5, (121)
avdp
The single-partical drag coefficient is calculated as
24
Cp.sp = max {— (1+ 0.15Re)*") ,0.441 , (122)
Red
where the drop Reynolds number is defined by
vapVrd
Rey = ProprCSM. (123)
Hoap, film
The relative velocity, V., is calculated as
V., = max {—m”“” - 4u“q| , voo} , (124)
vap

where V, is the terminal velocity for large spherical drops. The vapor-phase viscosity,
Ivap, fitm» should be estimated at the film temperature given by

Tva Tsa
Titm = % : (125)
The non-dimensional terminal velocity for large spherical drops is modeled as
VE = 0.693 (%)% | (126)
with
2 1/3
@=m%¢ﬂﬁ , (127)
[vapgAp
and s
va A
= ['01’2#} , (128)
:uvap

where 7 is the droplet radius.
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4.2.4 Transition between Inverted Annular and Inverted Slug Flow Regimes

For void fractions between 0.6 and 0.9 under post-CHF condition, an interpolation region
is applied between the inverted annular and inverted slug flow regimes. In this transition
regime, the interfacial drag coefficient is computed as

Ci=wfraCisa+ (1 —wfra)Cirs, (129)
where w f1 4 is a spline weighting factor for inverted annular flow, given by
wfia=xz(2—1x), (130)
where - 0.9 — ey .
0.9—-0.6

4.2.5 Transition between Inverted Slug and Dispersed Flow Regimes

The transition between the inverted slug and dispersed flow regimes is determined from the
liquid entrainment fraction. In this transition region, part of the liquid phase is considered
to be entrained in the dispersed droplet form, and the remaining part is considered to be
inverted slugs. The interfacial drag coefficient is modeled with a linear interpolation:

Ci=EC;pr+(1—FE)Ciss, (132)
where F is the entrainment fraction. The entrainment fraction is defined as
Gy
E = , (133)
C7le'(1

where G is the entrained mass flux, and G;, is the magnitude of the liquid phase mass
flux. In code implementation, Gy;, is taken as the larger value between |oy;qpiiqtiiq| and
10719, As suggested in the TRACE manual [3], the entrained mass flux is modeled as

0 jvap S jvap,crit
Gyq = N e \3 4 4 . : (134)
2.16 x 10 1 {(ﬁ) - ]-:| N/9§236Apjvap Jvap > Jvap,crit
where j,q; crit 18 the critical vapor phase superficial velocity:
(0:316 40228 A 0228
jva crit = 0.6 |: :| (135)
' R

The value of the entrainment fraction is also limited to be smaller or equal to 1.

This concludes the interfacial drag model in flow channels for post-CHF flow condi-
tions, including inverted annular, inverted slug, dispersed flow, and transitions between
these flow regimes.
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5 Interfacial Heat Transfer

When the two phases are under thermal non-equilibrium condition, the temperature differ-
ence between the two phase drives heat transfer towards their interface, which consequently
leads to mass transfer (in terms of evaporation or condensation) on the interface. Recall
that, in the 7-equation model, the interfacial mass transfer term is modeled as

hconv,liinnt(Eiq - Ent) + hconv,vapAint(Tvap - Ent)

hvap,int - hliq,int

Fint

lig—svapAint = (136)

For two-phase flow, the volumetric heat transfer coefficient, H;;, = hconp k. Aint, 1s discussed
in this chapter for flow regimes of both pre-CHF and post-CHF conditions in this chapter.

For convenience, the terms hcony kAine and hkiA;” will be used interchangeably in this
chapter.

5.1 Pre-CHF Flow Regimes

In the pre-CHF regimes for vertical pipes, similar to the interfacial drag, the interfacial
heat transfer is modeled in the bubbly, cap/slug, annular/mist flow, as well as a transitional
regime. The flow regime map for vertical pipes under pre-CHF conditions is shown in
Fig. 3.

5.1.1 Bubbly Flow

For the bubbly flow regime, only the dispersed bubbles contribute to the interfacial heat
transfer, and thus

(hliA;;//>Bubbly = (hfliAéﬂ)DB . (137)

Here, subscript D B stands for the dispersed bubbly flow. When evaluating interfacial heat
transfer, the bubbly flow regime is defined as

Qyap < Qyap,DB » (138)
where app is modeled as
0.3 G < 2000kg/m?s
ap,pB = § 0.3 4 0.2 (35:2500=) 2000 < G < 2700kg/m?s (139)
0.5 G > 2700 kg/m?s

and G is the total mass flux of the two phases.
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Figure 3. Flow regime map in vertical pipes under the pre-CHF
conditions, for interfacial heat transfer [3].

The interfacial area for the dispersed bubbles is simply modeled as

" _ 6avap
i,DB —

: (140)
dDB

where the diameter of the dispersed bubbles is approximated by

dDB:QLa:L/ﬁ, (141)

where La is the the Laplace coefficient.

According to the TRACE manual [3], this value is constrained in TRACE to lie within
the range
107*m < dpp < 09Dy, , (142)

where Dy, is the hydraulic diameter of the channel.

For the heat transfer between the liquid and bubble interface, in both evaporation and
condensation, the heat transfer coefficient is

hii.os =~ 9 Nupg, (143)
DB



where the Nusselt number is given by

12 1/3
Nupp = 2.0 +0.6Repyp Pr (144)
1q

and Pry;, 1s the Prandtl number of the liquid phase.

The bubble Reynolds number, Repp, defined as a function of the dispersed bubble
relative velocity, is
pliqur,DBdDB
Hiig ‘
The relative velocity between the dispersed bubble and liquid phase is limited to be smaller
than its terminal velocity:

ReDB = (145)

Ur DB = min (|uvap - uliq|> uDB,term) . (146)

The terminal velocity can be calculated as

UDB term = ur,oo(l - avap)1.39 s (147)

where u, , is, for a single distorted particle,

A 1/4
ur,w=ﬁ<(’g p) . (148)

2
pliq

The heat transfer between the vapor and bubble interface is simplified by using a con-
stant value
B = 1000 W/m?K . (149)

5.1.2 Cap Bubble/Slug Flow

For the cap bubble/slug flow regime, defined by the boundary oy pp < a < 0.5, the in-
terfacial heat transfer consists of contributions of both small dispersed bubbles and of large
bubbles:

(hii A es = (hiA ) pp + (MiAY ) LB, (150)

where subscripts C'S and LB denote cap/slug flow and large bubble, respectively. For the
small dispersed bubbles, the heat transfer coefficient between the liquid and the bubble
interface is calculated the same way as in the bubbly flow regime. However, in the cap
bubble/slug flow regime, the interfacial area for the small dispersed bubbles are calculated

differently:
(%" DB 11—«
A, = b < : 151
woB dpp (1 - avap,DB> (>
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The interfacial area associated with the large bubbles is computed as

cr vap — “wva,
Al = (a p—— ”’DB) . (152)

D+ 1- Qyap,DB

Here the coefficient C* and the diameter D* depend on the channel hydraulic diameters:

4.5, Dy, < Dy, eri
e (153)
16a Dh Z Dh,crit
and
Dy; Dy, < Dy, eri
Dt — hi h herit ’ (154)
Dh,crit; Dh Z Dh,cm't

where Dy, .,i+ = 50La, defined in Equation (114).

For these large bubbles, the heat transfer coefficient between the liquid and the bubble
interface is calculated as

'qNuLB s (155)

where the Nusselt number, Nuy g, is calculated using Equation (144), with a modified
bubble Reynolds number that is defined as

*
pliqur,LBD

Re LB — (156)
Hiiq
The relative velocity of the large bubbles is defined as
UT,LB = min (|uvap - uliq|7 uLB,term) y (157)
and the terminal velocity for the large bubbles are calculated as
U 0o d; 5 < 0.125
ULB. term = 1.13u, e~ %28 0125 < dj 5 < 0.6 (158)
0.496ur oo *
Here the non-dimensional bubble diameter is defined as
D*
dig = — 159
and a relative velocity in an infinite medium is given by
2/ gApD*
_ V2V4ApD* , (160)

Ur,oo =
2 Pliq

For the cap bubble/slug flow regime, the heat transfer between the vapor and the bubble
interface are calculated similarly to that from the liquid phase to the bubble interface:

(hwiA}") = hoi(Aipp + AiLB) (161)

and the same constant value of 1000 W /m?K is used for /.
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5.1.3 Correction for Subcooled Boiling

When subooled boiling is present, TRACE code [3] recommends a correction factor for the
volumetric heat transfer coefficient of the liquid phase for the dispersed bubble part. The
subcooled boiling condition is determined by the following two conditions:

Lpoatt ey >0, (162)
and
T‘liq < Tsat . (163)

Here, T, is set to be T;,,;. Under subcooled boiling condition, the volumetric heat transfer
coefficient of the liquid phase for the dispersed bubble part is given by

(hii A Ypp = (1 —wfsp)(hu A ) pp +wfsp(hi Al sp (164)
in which (h;; AY) s is modeled as

(h A s = 0.075hfgp”"A—p;“p max(1074, ) - (165)

The subcooled boiling weighting factor is defined as
wfsp = max {0, min[1, 10(0.2 — ayep)]} - (166)

Note that such a correction factor is not applied to the vapor phase.

5.1.4 Annular/Mist Flow

For the annular/mist flow regime, the interfacial heat transfer consists of the sum of two
components, corresponding to the annular liquid film and entrained liquid droplets

(hii ALY ang = (hii AY") film + (hliA;//)drops . (167)

At first, the film thickness is computed as

D
=5 (1= V) | (168)

and this value is limited to be greater than 10 pym. The interfacial area associated with
the liquid film is calculated as a function of the volume fraction of the vapor phase and
hydraulic diameter:

J

4
R (169)
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For a special case where the surface is considered to be partially wetted by the liquid
film, the interfacial area is modified to consider the partially wetted condition, such that

4
A;” = 5V Oévapfwet 5 (170)
Dy,
where the fraction of the surface wetted by the liquid film, f,.;, is estimated by
(1 — avap)Dh
wet — . 171
Fuet 4(25 x 10-9) (17

The surface is considered to be partially wetted when the liquid film thickness reaches the
minimum critical value, 25 pm.

The liquid-film-to-interface heat transfer, hy; fiim. is modeled by using a power-law
weighting of the turbulent and laminar regimes:

1/2
hli,film = (h?i,film,lam + h?i,film,tm‘b) / . (172)

The correlation for the laminar regime is based on the well known Kuhn-Schroch-Peterson
correlation:
Nw; fitmjam = 2(1 + 1.83 x 107" Rey) , (173)

where the film Reynolds number is calculated as

GligD
Rey = —247h (174)
Hiiq
and Gy, is the liquid phase mass flux. For the turbulent regime,the Gnielinski correlation
is used with a multiplier:

Nuli,film,turb - O-7Nanielinsk‘i . (175)

The Gnielinski correlation will be discussed in the wall heat transfer section. For both the
laminar and turbulent regimes, the heat transfer coefficient is related to the Nusselt number
using the film thickness as reference length scale:

hii, pitm, jam fturb0
Nuli,film,lam/turb = — fi mk;m/ = . (176)
q

For the liquid film part, the vapor-core-to-liquid-film-interface heat transfer coefficient
is modeled as

kva
Poi, fitm = ?:}Num‘, (1'77)
where D, is the diameter of the annular vapor core approximated by
D, =~ \/CyapDp, . (178)
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The vapor-interface Nusselt number is modeled by the Dittus-Boelter correlation, and
is limited to be larger than 4:

0.4
Nu,; = max{4,0.23Re® Pr}, (179)
vap

where the Reynolds number for the annular vapor core is calculated as

D
Re, = G—p (180)

Hvap

and G, is the mass flux of the vapor phase, and Pr,,,, is the Prandtl number of the vapor
phase.

For the droplets, the volumetric interfacial area density is modeled as

" 60tyapia

=Pt 181
i,drop (1 _ ad)dd ) ( )

for which o is the fraction of the annular core region occupied by the droplets, and d; is
the droplet size. Both of these two quantities have been discussed in the interfacial drag
model section, in Equations (93) and (95), respectively.

The liquid-to-interface heat transfer coefficient for the droplets is modeled as

Ky
hiiarop = 27— (182)
) dd
The vapor-to-interface heat transfer coefficient for the droplets part is modeled as
N v1,dro, d
hvi,drop - Dot dropd 5 (183)

kvap

where Nuy; grp 18 the Nusselt number, modeled as

Nty grop = 2 + \/1u%,,, P&, (184)

where w;, . 1s the maximum dimensionless circulation velocity at the surface of the drop.

Here P¢ is the droplet Peclet number, defined by

va va’ d '
pé = PvapCpvapdlr (185)

- Y

kvap

where wu,. is the drop relative velocity, defined as

(186)



*
max?

The maximum dimensionless circulation velocity at the surface of the droplet, u is
defined as L5
Uy e = ' (187)

maz = T 28142\ (243K)
L+ =G Ve

where

va T'd
Re, = Prrtrte (188)

/¢L1)1117
A= [ Plaaia (189)
pvap/Lvap

)= (190)
Hvap
The drop Reynolds number, Rey, is limited to be in the range 0.5 < Rey < 200. The
maximum dimensionless circulation velocity at the surface of the drop, u;, .., is limited to
be in the range 0.0001 < u; < 1.0.

max

and

5.1.5 Transition between Bubbly/Slug and Annular/Mist Flow

For the transition region, i.e., 0.5 < a4, < 0.75, a simple linear interpolation is used to
determine the interfacial heat transfer coefficients:

(hii A7) = w fanr (hag A7) ang + (1 — w fans) (i AY ) Bs (191)

where the weighting factor is defined by

Qyap — 0.5

— . 192
0.75—10.5 (192)

wfanm =

The value of (hy;AY)ans is calculated using the annular/mist flow regime model. The
value of (hy;A?")ps is calculated using either the dispersed bubble flow regime model or
the cap/slug model, depending on the two-phase flow mass flux (see Figure 3).

5.1.6 Horizontal Stratified Flow

When the flow is considered to be horizontal stratified flow, the volumetric interfacial heat
transfer coefficients are calculated as

" "
(}lkif4i )strat = }lkhstratfq'

i,strat *

(193)
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The interfacial area density, A" is obtained as

1,strat?

Sint
A;'/,{strat = 7 ) (194)
with S;,,; being the width of the stratified two-phase interface; see Equation (39) and Figure

1. The liquid side interfacial heat transfer coefficient is modeled as

i strat = @N wy; (195)
7 hliq

where hy;, is the liquid level, see Equation (41) and Figure 1. The Nusselt number, Nuy,,
for the liquid phase interfacial heat transfer coefficient is calculated the same way as it is
calculated for the annular/mist flow regime, namely, Equations (172), (173), and (175). The
liquid phase Reynolds number used in these equations is the same as defined in Equation
(34). Following TRACE code suggestion [3], the final value of Aj; sq: 1S limited to be
smaller than 2.5 x 10%.

For the vapor phase, the volumetric interfacial heat transfer coefficient is simply calcu-
lated as
(hviA;,/)strat = 1000A;"

i,strat *

(196)

5.1.7 Transition between Stratified and Non-Stratified Flow

If the flow regime is considered to be in a transition between stratified and non-stratified
condition, a power law based interpolation is used:

(higA) = (R AV, (g ALY (197)

strat non—strat »

where subscripts strat and non — strat represent for stratified flow and non-stratified flow
conditions, respectively. The exponent, n, is set equal to w f4-.:, given by Equation (47).

This concludes the interfacial heat transfer model for pre-CHF flow regimes.

5.2 Post-CHF Flow Regimes

For post-CHF flow regimes, interfacial heat transfer coefficients must be defined in the fol-
lowing flow regimes: inverted annular, inverted slug, dispersed flow regimes, and transition
regimes between them. The flow regime map for post-CHF interfacial heat transfer is the
same as shown in Figure 2.
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5.2.1 Inverted Annular Flow

Under post-CHF condition, if the void fraction is smaller than 0.6, the flow is treated as
inverted annular flow. Assuming that the liquid core takes a cylindrical shape, its diameter

can be obtained as
D, = /1 — cyep Dy, (198)

and the interfacial area can be obtained as

4

A = \T= G- (199)
h

If the liquid core is in subcooled condition, following the TRACE code [3], the liquid phase
interfacial heat transfer coefficient is simply calculated as

_ Nuykg

hli Dc ’

(200)
with Nu;; = 100. If the liquid core is in superheated condition, a correction factor for
superheating condition is used, and the liquid phase interfacial heat transfer coefficient is

corrected as
T = Tui [1 + AT (250 + 50AT,,,)] | (201)

where ATy, is the liquid superheat.

For the vapor phase interfacial heat transfer coefficient, the vapor film thickness, d, has
to be determined first from Equation (111) for tube geometry, and Equation (112) for rod
bundle geometry. Following the TRACE code [5], the vapor phase interfacial heat transfer
coefficient is then calculated as

By = 2 kl(’;p . (202)

5.2.2 Inverted Slug and Dispersed Flow

Under post-CHF condition, if the void fraction is larger than 0.9, the flow is treated as
inverted slug flow, dispersed flow, or a transition regime between them, which depends
on the liquid entrainment fraction. Thus, the interfacial heat transfer coefficients in these
regimes are modeled as

(hii A" = (1 = E)(hi &Y ) 1s + E(hii A ) pr (203)

where subscripts IS and DF denote inverted slug and dispersed flow conditions, respec-
tively.
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For dispersed flow condition, the interfacial area density is modeled as

6(1 — ayap)

no__
Al = yi
SM

, (204)
where dg), is the droplet Sauter mean diameter, which has been discussed in the previ-
ous section, i.e., Equation (118). For the liquid phase interfacial heat transfer coefficient,
the same correlation for annular/mist flow droplet filed is used, i.e., Equation (182) with
d, replaced by dg,,. Again, the liquid phase superheated condition needs to be consid-
ered, similar to the inverted annular flow condition. Putting this together, the liquid phase
interfacial heat transfer coefficient becomes

Ky
By = 27## [1+ ATy (250 + 50AT,,)] - (205)
SM

The vapor phase interfacial heat transfer coefficient is modeled as

k
hyi = —2Nuy, (206)
dsm

with Nu, being the droplet Nussult number. Following TRACE code suggestion [3], Nuy

1s modeled as
24 0.57Re* Pr}f?

= v 207
ud (1+ By)*" 0D
The droplet Reynolds number, Rey, is defined as
vapVrd
Rey — Praplr@sm (208)
/fbvap
with
V, = min [|uyapy — Wigl, Vet - (209)
The single-particle terminal velocity, V., is modeled as
0316 (g A p)0-228
Voo = 0.6 0.456 1,0.0879 (210)
vap Hvap
Following the TRACE code [3], the blowing factor is simply approximated as
hva - hva sa
By = = 11)
Ig
For inverted slug flow, the interfacial area density is calculated as
4.8104(1 — g
g = 481041 = avay) (212)

drs
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where d;g is the diameter of the ligament, with subscript /.S denoting inverted slug flow
condition. Following the TRACE code [3], d;gs is approximated as

drs = 0.6325D, . (213)

The liquid phase interfacial heat transfer coefficient is modeled in a two-step manner. First,
it is calculated the same way as it is done for the dispersed flow, i.e., Equation (205) with
dgr replaced by dys. Second, the coefficient is corrected with an enhancement factor:

d 2
hy; = hy;14 min [1, <ﬁ> ] , (214)
drr

in which 7y; 1 is the interfacial heat transfer coefficient calculated from the first step. Fol-
lowing the TRACE code [3], the Sauter mean diameter for a distribution having a maximum
diameter that is stable against the Rayleigh-Taylor instability, d g7, is modeled as

do 3.52 o
BT =175 A)
For the vapor phase interfacial heat transfer coefficient, the same model used in the dis-

persed flow regime is used, i.e., Equation (206). Note that, in both Equations (206) and
(208), dg 1s replaced by d;s.

(215)

5.2.3 Interpolation Region

For interpolation region, which is defined between void fraction 0.6 and 0.9, linear interpo-
lation is used to obtain interfacial heat transfer coefficients

(hii ALY = wfra(h A ia + (1 — wfra) (b Al 1s—pr (216)

in which subscripts /A and IS — DF denote inverted annular and inverted slug-dispersed
flow conditions, respectively. Recall that, (hx; A');s—pr is calculated as entrainment frac-
tion weighted function of inverted slug and dispersed flow interfacial heat transfer coeffi-
cients, i.e., Equation (203). The final expression for the interpolation region is

(hii A" = wfra(he A a + (1= wfra) [(1 — E)(hi A ) 1s + E(his A ) pr] . (217)

The weighting function, w f; 4, is modeled as

WA =224 — T3, (218)
with 0.9
- — Quyap
- - v 219
YT 09206 (219)

This concludes the interfacial heat transfer coefficients for post-CHF regimes, including
inverted annular, inverted slug, dispersed flow, and transitional regions between them.
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6 Wall Heat Transfer

For the 7-equation two-phase flow model presented in Section 2, the wall heat transfer
model is required both in the determination of the heat transferred from solid surfaces,
and also the rate of vapor phase generation occurring near those surfaces. Currently, a
simplified heat flux partitioning model is used to determine the mass transfer associated
with wall boiling

ffﬁl,liq = (1 = B)hwaitiig(Twar — Tiig)5 (220)
Z?;qul],liq = ﬁhwall,liq(Twall - T‘liq)/f s (221)
Qwall,vap = hwall,vap<Twall - Tvap)<1 - ’f) ) (222)
and the total wall heat flux balance is given as
Quall total = Z}Oﬁl,liq + Quailtiq T Qualtvap - (223)

The wall boiling mass transfer is then determined as

boil
Fwa” o wall,liq . (224)

lig—vap — _
5. __Pint | _ k. . .
evap,sat(pmt) + Poap.sat (Pint) hlzq(plzqy 6lzq)

The main purpose of this section is to describe the phasic heat transfer coefficient /4
(or in short h,, ;) for both the pre-CHF and post-CHF conditions. More details on wall heat
flux partitionings (parameters 3 and x) can be found in Section 3.2 of the RELAP-7 theory
manual [4].

6.1 Pre-CHF Wall Heat Transfer

For pre-CHF wall heat transfer, the logic to determine which heat transfer mode is shown
in Figure 4.

6.1.1 Single-Phase Liquid Flow

For single-phase liquid flow condition, the wall heat transfer coefficient, h,, ;4. 1s taken to
be the maximum value of laminar flow, turbulent flow, and natural circulation condition:

hw,liq = Imax {hlama hturln hNC} ) (225)

in which the subscripts lam, turb, and NC' stand for laminar flow, turbulent flow, and
natural circulation flow conditions, respectively. They are discussed for both the tube and
rod bundle geometries.
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Figure 4. Logic to determine pre-CHF wall heat transfer mode
following TRACE code [3].
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6.1.1.1 Tube Geometry

For tube geometry, the laminar flow heat transfer coefficient is calculated as
(226)

in which Nuy,,, is a constant. Nuy,,, = 4.36 for constant wall heat flux condition, and
Nuyem = 3.66 for constant wall temperature condition.

For tube geometry, following the TRACE code [3], the turbulent flow heat transfer
coefficient is modeled with the Gnielinski correlation and corrected by a temperature factor.
The Gnielinski correlation is given by

(f/2)(Re —1000) Pr

Nqu’elinski - 5 (227)
1+ 12.7(F/2)1/? (Pr2/3 —1)
where the friction factor, f, is given as
f =[1.58In(Re) — 3.28] > (228)

Under single-phase liquid flow condition, the corresponding Reynolds number is defined

as
iouD
Reyy = P12 (229)
Hiigq

and is limited to be larger than 1000. The Nusselt number obtained from Equation (227) is
then corrected with a correction factor as

Pry;, 0.11

Nuturb - Nqu’elinski s (230)
Pr,,

in which Pry;, is the Prandtl number evaluated with liquid phase temperature, and Pr,, is

the Prandtl number evaluated with wall temperature. The value of Pry;, / Pr,, is limited in

the range of [0.05, 20].

For tube geometry, following the TRACE code [3], the natural circulation heat transfer
coefficient is taken as the larger one between the laminar flow and turbulent flow conditions:

Nuye = max (Nuncam, NUncurs) (231)
with
1/4
NuNC’,lam = 0.59 (Grliq 1[31‘) s (232)
iq
and
1/3
NuNc,m,«b =0.13 (Grlz’q ll:’r) . (233)
iq

46



In both equations, the liquid phase Grashof number is defined as

AT D3
Gy, — 9PuAT D, - (234)
(Hutig/ Prig, fitm)
where
AT =T,y — Tiy|, (235)
and py;q, fitm 18 the liquid density evaluated from the film temperature:
Trim = 0.5(Ty + Tiiq) - (236)

6.1.1.2 Rod Bundle Geometry

For rod bundle geometry, the laminar flow wall heat transfer coefficient is taken as the
larger one between the value by the El-Genk laminar formula and the value by the Kim &
Li formula [3]:

hlam = Inax (hEG’,lama hKL,lam) 5 (237)
where the subscripts £G and K L denote the EI-Genk laminar formula and Kim & Li
formula, respectively. The El-Genk laminar formula is given by

0.33

Nuge jam = ARe” Pr | (238)

where

A =297 —1.76(P/D,)

B =0.56(P/D,) —0.30 (239)

Following the TRACE code [3], a curve-fitted formula is given to represent the Kim & Li
tabular data:

P\? P
Nugr gam = =5.6605 ( - | +31.061 { - | —24.473. (240)

In both equations, P/ D, is the pitch-to-diameter ratio for the rod bundle geometry.

For rod bundle geometry, the turbulent flow wall heat transfer coefficient is modeled
using the El-Genk turbulent formula, and then corrected by taking into consideration the
wall temperature effect. The El-Genk turbulent correlation is given by

Nugg tury = CEGReo'8P7”O'33 ) (241)
where .
Crc = 0.028 (3) —0.006 . (242)
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Again, P/ D, is the pitch-to-diameter ratio. The wall temperature effect is then considered,
and the final form becomes

Prl' 0.11
Nuturb = NuEG,turb ( Prlq) 5 (243)

with Pry;, / Pr,, limited in the range of [0.05, 20].

For rod bundle geometry, the natural circulation wall heat transfer coefficient is mod-
eled with the Sarma’s formulation, as suggested by the TRACE code [3]

1/4
Nuye = 0.7 (GrD §r> (244)
iq

where the Grashof number is defined the same as Equation (234), and the same wall tem-
perature effect is considered.

6.1.2 Two-Phase Forced Convection

Following TRACE code suggestion [3], with respect to single-phase forced convection flow
condition, the primary role of two-phase forced convection enhancement is to correct the
liquid Reynolds number. Thus, for two-phase forced convection flow condition, the same
single-phase forced convection formulas are used, with a modified liquid phase Reynolds
number:

Regp — PliqUtiqDn (245)

Hiig

Note that, under two-phase forced convection condition, the wall heat transfer coefficient
is applied to the liquid phase only, and thus, /., yq, = 0.

6.1.3 Film Condensation

For film condensation condition, the wall heat transfer is assumed to take place between
the wall and the liquid phase, and

ki
hw,liq - %Nuw,liq 5 (246)
in which ¢ is the film thickness, given by

6= (1= /) (247)

and is limited to be greater than 10 pym.
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The Nusselt number, Nu,, j;4, 1s computed using a power-law-based weighting function

as
Nquiq = (Nul2am + Nufurb) 1/2 ) (248)

where the subscripts lam and turb denote laminar flow and turbulent flow conditions, re-
spectively. Following the TRACE code suggestion [3], the Kuhn-Shrock-Peterson (K-S-P)
correlation is used for the laminar flow condition:

Nuwggm =2 (14 1.83 x 10~*Rey) | (249)

with Re; defined as

Qi PriqWiqDn
Hiig '

For turbulent flow condition, the EI-Genk correlation, Equation (241), is used, with a 1/4

correction factor:

Rey = (250)

1
Nuturb - ZNuEG,turb . (25 1)

The same liquid phase Reynolds number, Rey, is used in the El-Genk correlation. Again,
for vapor phase, the wall heat transfer coefficient is taken as zero, hy, yqp = 0.

6.1.4 Transition between Two-Phase Forced Convection and Film Condensation

As shown in Figure 4, for void fractions between 0.8 and 0.9, a linear interpolation is used
between the two-phase forced convection value and the film condensation value:

hw,liq = wfannhann + (1 - wfann)hQ‘I) ) (252)

in which h,,, is the film condensation wall heat transfer coefficient, and hyg is the two-
phase forced convection wall heat transfer coefficient. The weighting factor, w f,,,,, is de-

fined as
Qyap — 0.8

. 2
09-0.8 (253)

wfann -

6.1.5 Wall Boiling Heat Transfer

For pre-CHF condition, when wall temperature exceeds the onset-of-nucleate-boiling tem-
perature (1N p), the wall heat transfer mode becomes subcooled nucleate boiling or nucle-
ate boiling, depending on the liquid phase temperature. In RELAP-7, the wall heat transfer
for both modes are modeled the same.
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6.1.5.1 Onset of Nucleate Boiling

The onset-of-nucleate-boiling temperature is first discussed. Following the TRACE code
[3], the wall temperature for onset of nucleate boiling is modeled as

1 2
Toxs = Tig + 7 (VATonpsa + v/Bloxpe + 48T) . (254

in which ATy, is the liquid phase subcooling temperature:
A,-Tsub - Tsat - ﬂiq ) (255)

and ATHnp,sqt 1s the wall superheat necessary for the onset of nucleate boiling when the
liquid is at saturation temperature, defined as

2hFCO'jjsat
F2(¢)pvaphfgkliq ‘

In this equation, h ¢ is the two-phase flow forced convection wall heat transfer coefficient;
F(¢) is the contact angle correction factor:

F(¢) =1— exp(—¢* — 0.50). (257)

Following the TRACE code [3], a constant value of 38 degrees is taken for the contact
angle.

AT‘ONB,sat = (256)

6.1.5.2 Nucleate Boiling Heat Transfer

For both subcooled nucleate boiling and nucleate boiling conditions, the wall heat flux is

modeled the same:
" 17 1 < 1/3

ave = |(@rc)* + (qpp — apr)®| (258)
in which ¢}, is the forced convection wall heat flux component:
dre = hro(Tuan = Tig) (259)

qp g 18 the pool boiling wall heat flux component based on wall temperature, and q; ; 1s the
pool boiling wall heat flux component at boiling initiation, based on 7 5. Following the
TRACE code [3], the Gorenflo correlation is used to model pool boiling wall heat flux:

1 [hon
q = |7
re (QO "

with hy = 5600 W/m? — K and ¢, = 20000 W /m?, and

:| (Twall - Tsat)m ; (260)

n=09-03P"". (261)
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F’p is pressure dependent and is given as a function of the reduced pressure, P,:

Fp = 1.73P%* + (6.1 + 10'6i ) P?, (262)
with P. defined as
P
P. = , 263
Pcrit ( )

and P,,;; is the critical pressure.

6.2 Post-CHF Wall Heat Transfer

For post-CHF conditions, where wall temperature exceeds the CHF wall temperature, post-
CHF wall heat transfer modes are used, which include inverted annular film boiling, dis-
persed flow boiling, a transition between these two boiling conditions, and a transition
boiling mode. The logic of post-CHF wall heat transfer modes is shown in Figure 5.

6.2.1 Inverted Annular Film Boiling

Under post-CHF condition, inverted annular film boiling is assumed to take place for
void fractions smaller than 0.6. For inverted annular film boiling condition, following the
TRACE discussion [3], the wall-to-liquid-phase heat transfer is approximated to have two
components, as one being convective heat transfer component, and the other one being ra-
diative heat transfer component. The convective heat transfer component is simplified from
the complex wall-to-vapor-phase and vapor-to-interface heat transfer relations. Following
the TRACE code, it is modeled as

k"ua Twa - Tsa
hwall,liq,P - TpNuwall,liq# ; (264)
wall — Lliq

in which ¢ is the vapor film thickness, already discussed in the interfacial drag section.
For tube geometry, Equation (111) is used, and for rod bundle geometry, Equation (112) is
used. For tube geometry, the Nusselt number is modeled as

Nuyaiiq = max [0,0.268(6%)" ™ — 0.34] |, (265)
and for rod bundle geometry, this number is increased with a 30% enhancement:
Ny ig = max {0, 1.3 [0.268(5%)*™ — 0.34] } . (266)
The non-dimensional film thickness is given by
5 =5 (—p wopg 20 ) " (267)
Foap
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Figure 5. Logic to determine post-CHF wall heat transfer mode
following TRACE code [3].
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with Ap = piiq — puep- Following the TRACE code, the wall-to-liquid radiation heat
transfer coefficient is modeled as

1"

qwall,liq,rad _ 0SB (Tu%all + Tfat)(Twall + Tsat)
Twall - irliq

hwall,liq,rad - (268)

)
1 1
eliq\/l_avap Cwall

in which ogp is the Stefan-Boltzmann constant, 5.670 x 1078 Wm 2K, and ¢, and
€wqir are the liquid and the wall emissivities, respectively. As suggested by the TRACE
manual [3], by default, ¢, is set to be 0.96, and €,,q;; is set to be 0.7. Finally, the total wall
to fluid heat transfer coefficient is

hwall,liq - hwall,liq,F + hwall,liq,rad . (269)

For wall-to-vapor heat transfer coefficient, following the TRACE manual, a simple
model is used:

Eva
hwall,liq =2 5[) . (270)

6.2.2 Dispersed Flow Film Boiling

As in the TRACE code [3], under post-CHF conditions, dispersed flow film boiling is as-
sumed to take place for void fraction greater than 0.9. For dispersed flow film boiling
condition, heat transfer between the wall and the two phases is modeled in three compo-
nents:

1

17 4
Qall = qwall,liq,rad + qwall,vap,conv + qwall,vap,rad ) (271)

17

in which the three terms on the right hand side are the following, respectively: wall-to-
liquid-phase radiation heat flux, wall-to-vapor-phase convective heat flux, and wall-to-
vapor-phase radiation heat flux.

6.2.2.1 Wall-to-Vapor-Phase Convective Heat Transfer

For dispersed flow film boiling, wall-to-vapor-phase convective heat transfer is modeled
with the single-phase wall-to-vapor heat transfer with a two-phase enhancement factor:

" k’uap
qwall,vap,conv = Dh Nuwallmap,convq’%b (Twall - Tvap) 5 (272)

in which Nuyq/1,vap,conv 18 the single-phase wall-to-vapor convective heat transfer Nusselt

number, and W4 is the two-phase enhancement factor. The single-phase wall-to-vapor
convective heat transfer is similar to that of single-phase liquid wall heat transfer with
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several modifications. Following the TRACE code [3], the Nusselt number is taken as the
larger one between a laminar flow value and a turbulent flow value:

Nuwall,vap,com) = maX(Nulam7 Nuturb) . (273)

The TRACE code [3] suggests that a superposition method to be used for the laminar flow
value:

1/3
Nulam = (Nu?am,FC + Nu?am,NC) / ) (274)

in which the subscripts F'C' and NC stand for forced convection and natural convection,
respectively.

For natural circulation condition, the laminar flow Nusselt number is modeled as

B 3 1/3
9Bvap(Twatt = Toap) Dy 1, 17 (275)

2
Vvap vap

Nulam’Nc =0.13

For forced convection condition, the laminar flow Nusselt number is first calculated
based on its geometry, and then corrected with a logarithmic ramp-up factor:

Nttam,pc = 0.fre Nt pe (276)
in which w fr¢ is the ramp-up factor, defined as

wfre = 5 ; (277)
with Ri = Grp/Re7, being the Richardson number, and
va Twa - Tva D3

GrD _ 96 p( Vll2 p) h 7 (278)

vap

va, va D

Rep = % (279)

vap

The Richardson number is limited to be in between 1 and 100. The geometry-based laminar
flow Nusselt number, Nu;amy re» 18 given as a constant, 4.36, for tube geometry. For rod
bundle geometry, the same correlations used in single-phase liquid flow conditions are
used, i.e., Equation (237).

For turbulent flow of forced convection condition, the Nusselt number, Nuy,,, 1s cal-
culated in a multi-step manner.

Nuturb = Nu;urbfwallfentr ) (280)
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in which Nu;m,b is the geometry-based turbulence flow Nusselt number. For tube geometry,
the Gnielinski correlation, Equation (227), is used, and for rod bundle geometry, the El-
Genk turbulence correlation, Equation (241), is used. The wall temperature correction
factor, f,qu, is defined as

Twall "
wall — 5 281
fuwali ( oo ) (281)
with ”
Twa
n=— [logm ( ”)} +0.3. (282)
Tvap

For the condition that T, < Tyqp, 1 1s set to be -0.36. The entrance effect is taken into
consideration with the entrance correction factor, f,,,., that is defined as

2.4254

enrzl T T N0 R7R D
Jent +(L/Dh>0.676

(283)

in which L is the distance to the entrance, and the value of L/Dj, is limited to be greater
than 3.

Following the TRACE code [3], the two-phase enhancement factor, ¥4, is modeled as

1/2
Uyp = |14 254 _E{;p)G% , (284)
vap
with
Gryp = %A'OD% , (285)
vap
with Ap = prig — Puap. and
Reyqp = p”“p;jﬂ . (286)
vap

The value of the two-phase enhancement factor is limited to be smaller than 5.

6.2.2.2 Wall-to-Liquid/Vapor-Phase Radiation Heat Transfer

Following the TRACE code, the wall-to-liquid/vapor-phase radiation heat transfers are
modeled as

"

_ 4 4
Qwall lig,rad — Fwall7lqu-SB (Twall - ,'leq) ) (287)

and

1"

_ 4 4
Qwall,vap,rad — Fwall,vapOSB(Twa” - Twp) ) (288)
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where ogp is the Stefan-Boltzmann constant, and Fi,q1,15¢ and Fiau,0ap are the gray body
factors:

1
Fwall,liq = R R s (289)
Ry (1+ 4%+ &)
and
1
Fwall,vap - R R ) (290)
Ry (1+8+ &)
where
Ry = — L= G 291)
b Evap(l - €vap€liq) ’
1—e;
Ry, = : , (292)
? 6liq(1 - Evapeliq>
and
R — 1 L I — €wan (293)
o 1— €vaptliq €wall .

For emissivity of the wall, €,,;, the same constant value, 0.7, is used. For emissivities of
the liquid phase and the vapor phase, the formula used in the TRACE code [5] is used:

Niiq

€lig = 1— exrp |:—111 Lbeam:| ) (294)

drop

and

6
;771‘

vap — s 295
= 10000s5TE,, (299)
with dg,p as the droplet size, given by Equation (118), and
ws
; = w9 41— —min(100, k; - dw; . 296
n; = XD (Cattong/ Tong) — 1 {1 — exp [~ min(100, k;u)|} - dw (296)
The wave number difference, dw;, and average wave number, w4, are given as
dwi = Wmazx,i — Wmin,i (297)
and n
Wmaz,i Wimin,i
Wavg = ’ 7 ) (298)
2
with
Winin1—6 = {195.5, 1283.0, 3399.0, 5043.0, 6942.0, 8468.0} , (299)
and
Winaz1—6 = {804.5,1892.0,4008.0, 5652.0, 7551.0,9077.0} . (300)
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Parameter, k;, is given as
~ 300cy;

k; Ty’ (301)
in which «; is the absorption coefficient, and
ag_¢ = {0.0959, 0.2874,0.2069, 0.0166, 0.0136, 0.00053} . (302)
The parameter v is given as
u = 9.869 X 10™*pyap Lbcam » (303)
and the radiation path-length in steam, L., 1S given as
Lyeam = 0.9Dy, . (304)

The two constants are given as ¢; = 3.747 x 1075 and ¢, = 1.4394. Some limitations
are applied to the values of the liquid phase and vapor phase emissivities. If the radiation
path-length in steam is smaller than 10~%m, the values of €vap and €;;, are both set to be 0.
If liquid phase volume fraction is smaller than 10~°, the value of €, is set to be 0.

6.2.2.3 Summary

The following equations summarize the two-phase wall heat transfer coefficients for dis-
persed flow film boiling conditions:

"

qwall,liq,rad
Powattiiq = T (305)
wall — Llig
and " "
h o qwall,vap,conv + qwall,vap,rad
wall,vap — T T ; (306)
wall — Lwap

with q;;allvlmad given by Equation (287), q;;a”mp’com given by Equation (272), and qzja”’wp’md
given by Equation (288).

6.2.3 Inverted Slug Film Boiling

Under post-CHF condition, when the void fraction is between 0.6 and 0.9, wall boiling heat
transfer mode is inverted slug film boiling, which is modeled as a transition region between
the inverted annular film boiling and the dispersed flow boiling boiling regions. Following
the TRACE manual [3], a linear interpolation is used for each phase k:

hwatikr = W fhaii k. 1ars + (1 — W f) et k. DFFB (307)
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in which the subscripts /AF B and DF F'B stand for inverted annular film boiling and
dispersed flow film boiling conditions, respectively. The weighting factor is defined as

wf =x(2 — 1), (308)
with 0.9
9 — ayep
= 7 v 30
0.9—-0.6 (309)

6.2.4 Transition Boiling

Under post-CHF conditions, when the wall temperature is smaller than the minimum film
boiling temperature, 7,,;,, the wall boiling heat transfer mode is given as the transition
boiling. The minimum film boiling temperature, 7},;,, is given as a function of the liquid
phase pressure:

x-10%

310
2.82 + 1.22 x 10 5py, (310)

Tmin,low (pliq) - Tmin,sat -

for pressure smaller than 9 MPa, and

Perit — Plig

Tmin i iq) — Tmm ow\li =9 106 _Tsa o 0% 106
igh (Pria) = [Timin o (Prig = 9 x 10°) = Toar] =570 F g

_I' Tsat (311)

for pressure greater than 9 MPa. The static flow quality is given by

T = m (312)

)
hvap - hliq,sat

with
?L _ aliqplithiq + avappvaphvap ‘ (313)
QligPliq + QyapPvap
The Groeneveld-Stewart correlation for saturated water is given by
Trin,sat = 557.85 + 44.1(ppig - 107%) — 3.72(pyq - 107°)2. (314)
The wall-to-fluids heat transfer coefficients are then given as
hwall,liq - hwall,liq,TB + (1 - waB)h'wall,liq,FB ) (315)
and
hwall,vap = (1 - waB>hwall,vap,FB 5 (316)
with B
w
huatgiqrs — 1E2901E (317)

Twall - T‘liq

58



The two heat transfer coefficients, hyqi1,1iq, 73 and Nyaiivep,r5 are calculated from the film
boiling heat transfer correlations. The weighting function, w f7 5, is modeled as

Twa _Tmm ?
wfrp = /1= uap (TCHl;——T) ; (318)

in which 7,,,;, 1s given by Equation (310) or (311), depending on pressure, and 7y is the
wall temperature when CHF occurs. Similar to the TRACE code [3], an iterative method is
implemented to solve for T from

"

ans(Tonr) = donr (319)

in which gy is calculated from Equation (258), and g, is given by the 1995 AECL-
IPPE CHEF table as a function of pressure, mass flux, and flow quality:

The details on the 1995 AECL-IPPE CHF table are not given in this report, which can be
found in the TRACE manual [3], or its original documentation [6].
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